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A B S T R A C T

The shipping industry aims to achieve net zero emissions, and compact-sized membrane-based onboard carbon 
capture and storage systems can be a feasible solution. However, most previous studies have overlooked the 
importance of CO2/O2 separation performance, leading to higher energy consumption and operating expendi
tures. In this study, a three-stage membrane carbon capture system was integrated with a precooled Lin
de–Hampson liquefaction process to minimize CO2 avoidance costs while adhering to the FuelEU Maritime 
regulations. Two case studies assessed the impact of CO2/N2 and CO2/O2 selectivity improvements: one with a 
fixed greenhouse gas intensity target (62.90 gCO2eq/MJ, 2040–44 target) and another with varying targets. The 
results show that enhancing selectivity for not only CO2/N2 but also CO2/O2 is essential for developing cost- 
effective and energy-efficient onboard membrane carbon capture and storage systems, making it a feasible 
solution.

1. Introduction

The maritime sector is facing the new challenge of decarbonization, 
which has resulted in the implementation of various regulations, such as 
the Energy Efficiency Design Index (EEDI), Energy Efficiency Existing 
Ship Index (EEXI), and Carbon Intensity Indicator (CII) [1]. The Inter
national Maritime Organization (IMO) has introduced the 2023 IMO 
GHG strategy to establish an intermediate trajectory toward achieving 
net zero emissions by 2050 [2,3] and is currently discussing specific 
measures [4,5]. In 2025, the FuelEU Maritime regulation is being 
implemented through a staged reduction approach as shown in Table 1. 
It assesses well-to-wake (WtW) greenhouse gas (GHG) emissions to 
reduce GHG emissions intensity by 80 % (18.23 gCO2eq/MJ) by 2050, 
compared with the reference intensity of fossil fuels (91.16 gCO2eq/MJ). 
Furthermore, ships that fail to comply with the GHG intensity limits will 
face mandatory penalties [6,7]. Stakeholders in the shipping industry 
must consider how to adhere to decarbonization regulations, as the 

transition to net zero is inevitable.
Integrating an onboard carbon capture and storage (OCCS) system 

on liquefied natural gas (LNG)-fueled ships can be a feasible option for 
meeting future environmental requirements [8–10]. LNG emits 
approximately 20 % less CO2 than conventional heavy-fuel oil [11]; 
however, further efforts are required to reduce emissions. While alter
native fuels can reduce GHG emissions, meeting immediate regulatory 
requirements is technically challenging due to the limited production of 
green fuels. Additionally, scaling up to achieve financial viability for 
marine transportation presents significant technological and economic 
challenges [12]. Moreover, alternative fuels involve uncertainties in 
supply and pricing, the need for infrastructure development, and fuel 
containment issues [13]. Therefore, OCCS can be a bridge technology to 
reduce CO2 emissions from ships.

Prior studies on CO2 capture have focused on amine-based chemical 
absorption, but it requires considerable vertical space, which could be 
troublesome on a ship with limited space [14]. Luo and Wang [15] 
investigated an onboard carbon capture and liquefaction system with 35 
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wt% monoethanolamine (MEA) in 17 MW diesel-powered cargo ships. 
They reported that the absorber packing height and diameter were 12.5 
and 4.9 m, respectively, and the stripper packing height and diameter 
were 6.5 and 2.1 m, respectively, to achieve a 90 % capture rate. Cho 
et al. [16] evaluated the carbon capture performance of a 20,020 kW 
crude oil tanker fueled by LNG, comparing 30 wt% MEA with a blended 
solvent of 27 wt% 2-amino-2-methyl-1-propanol (AMP) and 13 wt% 
piperazine (PZ). They found that the AMP-PZ blend offered economic 
advantages, with the absorber size measuring 15.0 m × 4.13 m and the 
stripper measuring 14.5 m × 1.35 m. A design with reduced height may 
be feasible. However, decreasing the height of the absorber packing can 
increase the energy demand for regeneration. Furthermore, insufficient 
packing height may hinder the achievement of the target capture rate 
[17].

Membranes with relatively compact sizes can be used for carbon 
capture, and much research has been conducted on these membranes. 
Literature acknowledges that the high separation performance of CO2 
and N2 is essential for membrane CO2 capture technologies to compete 
with traditional amine absorption methods [18–20]. Merkel et al. [20] 
and Lee et al. [21] considered the separation performance of CO2 and N2 
in a binary mixture. Furthermore, Xu et al. [22] conducted a parametric 
study to examine CO2/N2 membrane separation performance in a post- 
combustion coal-fired plant, where the feed gases were CO2 13.5 mol%, 
N2 68.8 mol%, O2 2.4 mol% H2O 15.3 mol%. However, most studies 
have focused on enhancing CO2/N2 separation performance without 
considering oxygen.

Enhancing CO2 and O2 separation performance is crucial for onboard 

membrane carbon capture; however, its significance has not been 
overlooked. Notably, ship exhaust gas contains a significantly lower CO2 
mole fraction (2.5–6 mol%) and a higher O2 mole fraction (9–15 mol%) 
than flue gas from onshore power plants [9,22,23]. Oh et al. [24] 
examined a ternary mixture of CO2, N2, and O2 to simulate an LNG- 
fueled ship exhaust gas. While their study acknowledged the presence 
of O2 in the gas composition, they did not address the challenges asso
ciated with CO2/O2 separation. Although CO2 has a small kinetic 
diameter and high solubility in most membrane materials, its properties 
are only slightly superior to those of O2, unlike N2 [25,26]. As a result, 
CO2/N2 gas separation benefits from high selectivity, whereas 
improving CO2/O2 selectivity remains a significant challenge. Fig. 1
plots the selectivity of CO2/N2, O2/N2, and CO2/O2 from the accumu
lated experimental membrane database for polymer membranes up to 
2018 [27]. These data indicate that technological advancements have 
improved CO2/N2 and O2/N2 selectivities, but CO2/O2 selectivity 
remained relatively unchanged. Therefore, in OCCS, where O2 concen
trations are high, low CO2/O2 selectivity is a critical factor in the 
development of an energy-efficient CO2 capture system.

This study aims to identify the membrane separation performance 
that meets the FuelEU Maritime GHG intensity limits with a CO2 
avoidance cost comparable to that of alternative decarbonization tech
nologies, typically ranging from $100–$300 per tonne of CO2 avoided. A 
quaternary gas mixture of CO2, N2, O2, and H2O is used as the exhaust 
gas from a ship to reflect the operating conditions. Three-stage mem
brane-onboard carbon capture and liquefaction storage systems are 
designed and optimized to minimize CO2 avoidance cost with given 
GHG reduction targets. Case studies are conducted to demonstrate the 
effect of improving the selectivity of CO2/N2 and CO2/O2, either sepa
rately or simultaneously.

2. Background

2.1. Membrane gas separation

Membrane-based gas separation for carbon capture offers opera
tional simplicity, but faces challenges in achieving high selectivity and 
permeability. The separation process relies on sorption, diffusion, and 
desorption mechanisms. The key performance indicators of membrane 

Nomenclature

Letters
Amem total membrane area (m2)
ṁinlet inlet molar flow (mol/s)
Vstd standard gas volume flow (m3/s)
A area (m2)
Pr pressure (bar)
V volume (m3)
Mwater removed water mass flow (kg/h)
P permeability (Barrer)
PW power (kW)

Abbreviations
ACAPEX Annualized capital expenditure
AMP 2-amino-2-methyl-1-propanol
CAPEX Capital expenditure
CII Carbon Intensity Indicator
EEDI Energy Efficiency Design Index
EEXI Energy Efficiency Existing Ship Index
GHG Greenhouse gas
GPU Gas permeation unit
GTD General Technical Data

GWP Global warming potential
IMO International Maritime Organization
JT Joule–Thomson
LCO2 Liquefied CO2
LCV Lower calorific value
LNG Liquefied natural gas
MCR Maximum continuous rating
MEA Monoethanolamine
MEPC Marine Environment Protection Committee
MGO Marine gas oil
MTR Membrane Technology and Research
O&M Operation and maintenance
OCCS Onboard carbon capture and storage
OPEX Operating expenditure
OPS Onshore power supply
PZ Piperazine
SFOC Specific fuel oil consumption
SGC Specific gas consumption
TEA Techno-economic analysis
TtW Tank-to-wake
WtT Well-to-tank
WtW Well-to-wake

Table 1 
GHG intensity reduction phases.

Year Reduction rate (%) GHG intensity limit (gCO2eq/MJ)

2020 Reference value 91.16
2025 2 89.34
2030 6 85.69
2035 14.5 77.94
2040 31 62.90
2045 62 34.64
2050 80 18.23
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material, permeability, permeance, and selectivity, play a crucial role in 
determining gas separation efficiency. Permeance is defined as perme
ability divided by membrane thickness, where permeability represents 
the capacity of the membrane to allow gas flow, and selectivity quan
tifies its ability to distinguish between different gases, typically 
expressed as the ratio of their permeabilities. Designing polymer mem
branes for selective gas separation requires careful balancing of diffu
sivity and solubility to optimize the performance of the target gas. 
However, the intrinsic trade-off between permeability and selectivity 
poses a significant challenge, necessitating precise material design and 
optimization strategies.

Robeson et al. [25] developed permeability correlations based on 
extensive data on the permeabilities of gas-separated polymer mem
branes. Unlike the upper-bound results [28], which focus on maximum 
separation performance, this correlation serves as a benchmark for the 
performance of typical polymeric materials. It was established using 
data collected for various gas pairs, including He, H2, O2, N2, CO2, and 
CH4. By plotting permeability on a log–log scale, the permeability cor
relation is expressed as Eq. (1). 

Pj = kPn
i (1) 

where Pj and Pi represent the permeabilities of gases i and j, respectively, 
with Pi indicates the more permeable gas.

In addition to membrane material properties, membrane system 
engineering plays a crucial role in optimizing gas separation perfor
mance. Even with lower-performance membrane materials, a well- 
engineered membrane system can enhance overall efficiency through 
strategic process design [29,30]. Key factors such as stage design, 
pressure ratios, flow patterns, and operational strategies can signifi
cantly impact separation effectiveness. Multi-stage or hybrid membrane 
systems, integration with compressors or vacuum pumps, and optimized 
module designs can help improve separation selectivity and reduce en
ergy consumption. Therefore, a comprehensive approach that considers 
both membrane material development and system engineering is 
essential to achieve high-performance and energy-efficient membrane- 
based carbon capture.

2.2. CO2 liquefaction process

CO2 can be liquefied across various pressures, from the triple point at 
low pressure and low temperature (5.18 bar, − 56.6 ℃) to the critical 
point at high pressure and high temperature (73.8 bar, 31.1 ℃). Low 
pressure reduces the energy needed for compression but requires a large 
liquefaction system. Its relatively high density makes it advantageous for 
transportation purposes. Conversely, high pressure demands a large 
compression system but allows for a small liquefaction system, resulting 
in a cost-effective option [31].

Various liquefaction cycles have been analyzed for the liquefaction 
of CO2, as shown in Fig. 2 [32]. The Linde–Hampson cycle (Fig. 2a) is a 
simple process that uses low- and high-pressure compressors and a 
Joule–Thomson (JT) valve to achieve liquefaction. The Linde dual- 
pressure cycle (Fig. 2b) is a modified version of the Linde–Hampson 
system that uses two-stage vapor–liquid separation to reduce the 
required work. Compared to these systems, the precooled Lin
de–Hampson cycle (Fig. 2c) uses external refrigerants such as propane 
and ammonia to precool the compressed gas before it enters the heat 
exchanger. In the process, gas is first compressed and mixed with the 
precooled recycled gas from the separator. The mixed gas stream is 
further cooled through heat exchange with the external refrigerants. 
After passing through a Joule–Thomson JT valve, the precooled gas 
undergoes expansion, resulting in partial liquefaction. This system can 
improve liquid yield and reduce the life cycle cost (LCC).

2.3. Greenhouse gas assessment

According to the FuelEU Maritime Regulation, WtW GHG intensity 
represents life cycle GHG emissions, combining Well-to-Tank (WtT) and 
Tank-to-Wake (TtW) GHG emissions as shown in Eqs. (2)–(4) [6]. 

GHGWtW

[
gCO2eq/MJ

]
= fwind • (GHGWtT + GHGTtW) (2) 

GHGWtT =

∑n
i Mi • CO2eqWtT,i • LCVi +

∑c
kEk • CO2eqE,k

∑n
i Mi • LCVi • RWDi +

∑c
kEk

(3) 

where fwind represents the wind-assisted propulsion reward factor, i is 
the fuel type used onboard, and n is the number of fuel types. M refers to 
the mass of the fuel,k represents the index for the onshore power supply 
(OPS) connection points, c denotes the total number of OPS connection 
points, LCVi is the lower calorific value of fuel i, and CO2eqWtT,i repre
sents the WtT GHG emission factor of fuel i. RWD is a reward factor 
applied to non-biological origin renewable fuels, Ek is the electricity 
delivered to the ship at k, and CO2eqE,k is the WtT GHG emission factor 
associated with Ek. 

GHGTtW =

∑n
i
∑m

j Mi,j

[(

1 − Cslip,j
100

)
(∑

lCf ,l,j •GWPl
)
+

Cslip,j
100

( ∑
lCsf ,l,j •GWPl

)
]

∑n
i Mi•LCVi •RWDi+

∑c
kEk

(4) 

where j represents the fuel consumer units such as the generator and 
main engine, and l denotes the GHGs (CO2, CH4, and N2O). Cslip is a non- 
combusted fuel coefficient that accounts for fugitive and slipped emis
sions. GWPl is the global warming potential over a 100-year horizon. Cf 

and Csf denotes the TtW GHG emission factors of the combusted and 

Fig. 1. Membrane separation performance curve: (a) CO2/N2; (b) O2/N2; (c) CO2/O2.
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slipped fuels, respectively.
However, the current FuelEU Maritime framework does not consider 

the reduction in emissions achieved through carbon capture by ships. Oh 
et al. [33] presented modified the equation that accounts for both the 
amount of CO2 captured and the additional CO2 generated from the 
OCCS system as shown in Eq. (5). 

The modified TtW GHG emissions were calculated by adding the 
MCO2gen,j from the operation of the main engine and OCCS system and 
subtracting the MCO2gen,j. Instead of the slip term, Cslip, in the original 
FuelEU regulations, the actual amount of slipped methane obtained 
from the engine performance data was applied. MCH4 represents the 
methane slip emissions from the combustion of LNG in the main engine.

3. Modeling and simulation

3.1. System definition

Fig. 3. shows the process flow diagram of the proposed OCCS system. 
In this study, a 6X72DF-2.1 iCER engine was selected and the exhaust 
gas data were estimated using WinGD General Technical Data (GTD) as 
shown in Table 2 [34]. The main engine load was estimated to be 50%, 

reflecting the average load derived from the engine load profile [14]. 
The exhaust gas from the engine was cooled to 40 ℃ in a direct contact 
cooler (DCC), modeled in Aspen Plus version 14 (Fig. 3a). The param
eters of the DCC and conditions of the exhaust gas entering the mem
brane are listed in Table 3. After the DCC, the cooled exhaust gas was fed 
directly into the membrane separation process. After CO2 separation in 
the first and second membrane stages (MEM1 and MEM2), the captured 

CO2 stream containing impurities was directed to the liquefaction pro
cess (Fig. 3b). The CO2 stream was liquefied through heat exchange with 
a low-temperature propane refrigerant and two-stage JT expansion. In 
the first expansion, the vapor phase separated in the first separator, 
which includes impurities such as N2 and O2, was recycled to the 
membrane separation process to enhance the purity of the liquefied CO2 
(LCO2) stream.

3.2. Onboard membrane carbon capture process

The membrane carbon capture process was configured with a three- 
stage membrane layout (Fig. 3a) [21,35], and the process was modeled 
using Symmetry (Schlumberger/VMG) version 2023.3 software. A vac
uum pump and cooler were installed downstream of each membrane 
stage to generate the required high-pressure gradient efficiently. The 

Fig. 2. CO2 liquefaction systems: (a) Linde-Hampson; (b) Linde dual-pressure Hampson; (c) Precooled Linde-Hampson.

GHGTtW =

∑n
i
∑m

j
(
Mi,j •

( ∑
lCf ,l,j • GWPl

)
+ MCO2gen,j

)
+ MCH4 • GWPCH4 − MCO2cap

∑n
i (Mi • LCVi)

(5) 

H. Shin et al.                                                                                                                                                                                                                                     Separation and Puriϧcation Technology 376 (2025) 133985 

4 



permeate was cooled to 35 ℃, and condensed water was removed 
[36,37]. As shown in Table 5, the flow configuration in the first-stage 
membrane was designed as a one-dimensional (1D) counter-current 
system to handle the large volumetric flow of CO2 at low concentra
tions by maximizing the partial pressure difference—the primary 
driving force for CO2 diffusion across the membrane. In contrast, 1D 

cross-flow configurations were employed in the second and third 
membrane stages, where the volumetric flow rate is significantly 
reduced due to upstream CO2 removal. This approach allows for a more 
compact and modular system layout, while also simplifying operation 
and reducing the risk of membrane fouling [38]. In the current model, 
average stage-wise compositions were used instead of fully resolved 
axial concentration profiles. As a result, phenomena such as local con
centration polarization, axial gradients, and boundary layer resistance 
were not explicitly captured. However, the system operates at moderate 
CO2 purity levels (70–85 %) and spans a broad range of membrane 
performance parameters. These conditions are typically less sensitive to 
non-ideal effects [39]. Moreover, the use of a multistage membrane 
configuration with interstage mixing helps refresh the gas composition 
between stages, thereby mitigating purity losses associated with pres
sure drop and concentration polarization.

To determine membrane performance, the Robeson permeability 
correlation Eq. (1) was employed [25]. Although the Robeson upper 
bound [28] is widely referenced, it may be commercially impractical for 
process design. Therefore, the Robeson permeability correlation was 
selected because it more accurately reflects the performance of typical 
gas separation membranes and allows for a commercially viable process 
design. First, the CO2 permeance was assumed, and the permeabilities 
and selectivities for N2, O2, and H2O were subsequently calculated. The 
CO2 permeability was determined considering a selective layer thickness 

Fig. 3. Process flow diagram of the onboard membrane carbon capture and storage system: (a) Membrane capture; (b) Liquefaction.

Table 2 
Information on the target engine.

Category Unit Value

Main engine fuel − LNG
Main engine − 6X72DF-2.1
MCR kW 18,200
Main engine load % 50
SGC g/kWh 134.9
SFOC g/kWh 1.0
Methane slip gCH4/kWh 1.3

Table 3 
Key parameters of the direct contact cooler (DCC) and exhaust gas conditions.

Category Unit Value

DCC diameter m 2.58
DCC height m 5
Exhaust gas flow after DCC t/h 38.45
CO2 mol% 5.35
H2O mol% 6.77
N2 mol% 77.95
O2 mol% 9.93
Exhaust gas temperature after DCC ℃ 40
Exhaust gas pressure after DCC bar 1.1

Table 4 
nAnd k values for Eq. (1).

Gas pair n k

CO2/N2 1.1212 0.03419
CO2/O2 1.017 0.223
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of 10-4 cm. The permeabilities and permeances of N2 and O2 were 
derived using the Robeson permeability correlation, as described in Eq. 
(1) and Table 4. A scaling factor was applied to the correlation to ac
count for the improvement in selectivity, resulting in selectivity 
improvement rates of 10, 20, 30, and 100 %. Meanwhile, H2O perme
ability was calculated using a fixed selectivity 0.7 [38]. The derived 
values were used to calculate the selectivities for each gas pair, assuming 
identical membrane performance across the 1st, 2nd, and 3rd stages. A 
pressure ratio of 11 was selected for all membrane stages, corresponding 
to a feed pressure of 1.1 bar and a permeate side of 0.1 bar. These 
operating conditions align with previous studies on membrane-based 
CO2 capture systems [35,40]. This pressure ratio also falls within the 
optimal range of 10 to 15, as identified in the literature, which is 
effective for minimizing vacuum pump energy consumption while 
achieving a high CO2 purity of up to 97 % [41]. The assumptions for 
membrane performance are summarized in Table 5.

3.3. CO2 liquefaction process

Captured CO2 must be liquefied for onboard storage. A precooled 
Linde–Hampson system with a propane refrigerant was utilized in this 
study (Fig. 3b) [32,42]. Following multistage compression (Comp 1–3), 
a molecular sieve dryer was used to remove moisture to prevent hydrate 
formation [43]. The high-pressure CO2 stream exchanged heat with a 
low-temperature refrigerant and was expanded through a JT valve to be 
liquefied. A two-stage expansion and separation are used to get the 
liquefied CO2 stream (LCO2) at 15 bar. The key assumptions used in the 
liquefaction process are listed in Table 6.

3.4. Greenhouse gas emissions assessment

The GHG emissions evaluation was conducted based on the FuelEU 
Maritime regulations, with modifications to account for the CO2 
captured by the OCCS system and the additional emissions associated 
with its power requirements as shown in Eqs. (2)–(3) and (5) [6,33]. The 
global warming potential (GWP) 100 values for CH4 and N2O were set to 
25 and 298, respectively [44]. The wind reward factor fwind was set to 1 
as wind-assisted propulsion was not considered. The values for calcu
lating the GHG emissions are summarized in Table 7.

In the onboard process, CO2 emissions include not only emissions 
from the main engine but also additional CO2 emissions resulting from 
the power required to operate the OCCS system. The OCCS system re
quires significant power to run devices such as the membrane vacuum 
pump and compressor used in the liquefaction process. To meet these 
power requirements, a 4,350 kW MGO-fueled 5X35-B engine (WinGD) 
was selected as a generator, and the exhaust gas conditions were 
determined using WinGD GTD software. Based on the data, the CO2 mass 

flow (MCO2 ) in the exhaust gas and fuel consumption (Mfuel) per gener
ator power (PWgen) were modeled using linear regression, as shown in 
Fig. 4.

The modeled MCO2 was used to estimate the TtW emissions, whereas 
Mfuel was used to calculate both the WtT and TtW emissions. Considering 
all these factors, the total GHG emissions from the system, including 
those from OCCS operation, were comprehensively evaluated.

3.5. Cost estimation

The cost of each piece of equipment in the process was calculated 
using the cost estimation formulas listed in Table 8. The total process 
lifetime was assumed to be 25 years, with membrane replacement 
scheduled every 5 years. The price of MGO fuel was set at $774/t, based 
on the 6-month average at the Port of Rotterdam as of July 2024. The 
CO2 avoidance cost was determined considering the calculated equip
ment and fuel costs, which included the additional fuel consumption by 
the generator.

3.6. Optimization

To minimize CO2 avoidance costs while complying with the FuelEU 
Maritime GHG intensity limits, optimization was performed using a 
mixed-integer genetic algorithm embedded in symmetry. The CO2 per
meance and stage cut of each membrane were considered as variables. In 
the liquefaction process, the pressure ratios of multiple CO2 compressors 
and the pressure after the first JT valve were included as variables. The 
temperature of each stream after passing through the first and second JT 
valves was constrained to prevent the formation of dry ice. The target 
WtW GHG value was set at 62.90 gCO2eq/MJ, which complies with the 
FuelEU Maritime regulations until 2044 and represents a 31 % reduction 
compared with the 2020 reference year [6]. Table 9 and Table 10
summarize the variables and constraints applied in the optimization.

4. Results and discussion

4.1. Specific energy consumption and CO2 avoidance cost with fixed 
target greenhouse gas intensity

Fig. 5 illustrates the specific energy consumption (SEC) and CO2 
avoidance costs required to meet the GHG intensity limit of 62.90 
gCO2eq/MJ (the 2040–2044 target) as a function of improvements in 
CO2/N2 and CO2/O2 selectivity, based on Eq. (1) and Table 4. As shown 
in Fig. 5a, the baseline SEC (without any improvement in selectivity) is 
estimated to be 6.38 GJ/tCO2. When only CO2/N2 selectivity is increased 

Table 5 
Assumptions and specifications for the membrane capture process.

Category Value Remark

Mem1 flow pattern Counter 
current

[38]

Mem2 flow pattern Cross flow [38]
Mem3 flow pattern Cross flow [38]
Outlet temperature of the 

cooler
35 ℃ [38]

Pressure ratio 11 [35,40,41]
Pump efficiency 85 % −

CO2 permeance GPU 1000–3000
O2 permeance GPU From Eq. (1) and Table 4

[25]
N2 permeance GPU From Eq. (1) and Table 4

[25]
H2O permeance GPU Calculated from selectivity
CO2/H2O selectivity − 0.7 [38]
Membrane thickness cm 10-4

Table 6 
Assumptions for CO2 liquefaction process.

Category Unit Value

Refrigerant − Propane (C3H6)
LCO2 storage pressure bar 15
Minimum temperature approach of heat exchanger ℃ 5
Outlet temperature of the cooler ℃ 35
Pressure drop bar 0
Compressor efficiency % 85

Table 7 
Values used to calculate GHG intensity [6,34].

Category Unit LNG MGO

LCV MJ/gFuel 0.05 0.0427
CO2eqWtT gCO2eq/MJ 18.5 14.4
CfCO2 gCO2/gFuel 0.0 0.0
CfCH4 gCH4/gFuel 0.0 0.00005
CfN2O gN2O/gFuel 0.00011 0.00018
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by 100 %, the SEC decreases to 4.74 GJ/tCO2 (point A), representing a 
25.7 % reduction. Similarly, increasing CO2/O2 selectivity from 4 to 8 
results in a SEC of 4.96 GJ/tCO2 (point B, with a reduction of 22.3 %). 
However, when both selectivities are improved by 100 %, the SEC is 
considerably reduced to 3.27 GJ/tCO2. At this point (point C), the CO2/ 
N2 selectivity reaches approximately 24, and the CO2/O2 selectivity 
reaches 8, leading to an overall 50 % reduction in SEC. Furthermore, the 
SEC contour lines exhibit a convex shape toward the origin at point O, 
suggesting that balanced CO2/N2 and CO2/O2 selectivity results in lower 
SEC values compared with cases where one selectivity is dispropor
tionately high.

Fig. 5b illustrates the CO2 avoidance costs required to achieve 62.90 
gCO2eq/MJ. The baseline cost of CO2 avoidance, with no improvement in 
selectivity, is $308.9/tCO2. A 100 % improvement in CO2/N2 selectivity 
alone reduces the cost by 28.8 % to $219.9/tCO2, whereas a 100 % 
improvement in CO2/O2 selectivity results in a 24.8 % reduction to 
$232.4/tCO2. When both selectivities are improved by 100 %, the 
avoidance cost decreases remarkably to $155.3/tCO2 (49.7 % reduction). 
Recent proposals suggest that a GHG emission fee of between $150 and 
$300 per tonne of CO2 could be introduced [47,48]. For CCS to be a 
financially viable alternative to carbon tax, the CO2 avoidance cost 
should ideally remain below $150 per ton of CO2. As depicted in Fig. 5b, 
this target is nearly met at point C. Currently, MTR’s Polaris membrane 
has a CO2/N2 selectivity of 50, twice the required selectivity of 24 [20]. 
However, CO2/O2 selectivity is not explicitly stated. Since most poly
meric membranes exhibit a CO2/O2 selectivity of at least 4, achieving a 
selectivity of 8 appears to be feasible through material engineering, 
particularly by optimizing gas-selective free volume distributions. 
Therefore, the necessary selectivity levels seem attainable with existing 
membrane technology, making membrane-based CCS systems a prom
ising solution for meeting the 2040–2044 regulatory limits.

The major reasons for cost reduction can be explained in two ways: 
operating expenditure (OPEX) and capital expenditure (CAPEX). In the 

Fig. 4. Generator data as a function of power: (a) CO2 mass flow; (b) Fuel consumption.

Table 8 
Cost estimation for the process.

Category Estimation formula Unit Ref

Membrane cost Im = Amem • 50 $ [18,22]
Membrane frame 

cost
Imf = (Amem/2000)0.7

• 2.38 • 105 $ [18,22]

Vacuum pump 
cost

Ivp = ṁinlet • 1.578 • 104 $ [18,45]

Compressor cost: 
3–9 bar

Icp = ṁinlet • 0.387 • 104 $ [18,45]

Compressor cost: 
9–27 bar

Icp = ṁinlet • 0.048 • 105 $ [18,45]

Compressor cost: 
27–81 bar

Icp = ṁinlet • 0.096 • 105 $ [18]

Cooler cost Iclr = 3.5 • 106 • Vstd/440 $ [18]
Multi heat 

exchanger cost
Ihe =

12003 • A0.603 • 1.011187Pr • 1.08
$ [43]

Separator cost Isep =

70693 • V0.562 • 1.015215Pr • 1.08
$ [43]

Dryer cost Idry = 90 • Mwater • 1.08 $ [43]
Equipment cost Iequip = Ivp + Icp + Iclr + Ihe + Isep +

Idry

​ −

Depreciation 
factor (25 
years)

d = 0.064 − [18,45]

Depreciation 
factor (5 years)

dm = 0.225 − [18,45]

Annualized 
capital cost

CACAPEX = (Iequip + Imf) • d + Im • dm $/year [18,45]

Annual O&M cost CO&M = 0.036 • Iequip + 0.01 • (Im +

Imf)

$/year [18,45]

Annual fuel cost Cfuel =

Annul fuel consumption • Fuel cost
$/year [46]

Annual OPEX COPEX = CO&M + Cfuel $/year −

Total annual cost Ctotal = CACAPEX + COPEX $/year −

CO2 avoidance 
cost

Cavoided = Ctotal/Annual CO2 avoided $/tavoided [14]

Table 9 
Optimization variables.

Category Unit Lower 
bound

Upper 
bound

Remark

CO2 permeance GPU 1000 3000 Capture
MEM 1 stage cut fraction 0 1 Capture
MEM 2 stage cut fraction 0 1 Capture
MEM 3 stage cut fraction 0 1 Capture
Pressure ratio at Comp 

1
− 0 4 Liquefaction

Pressure ratio at Comp 
2

− 0 4 Liquefaction

Pressure ratio at Comp 
3

− 0 4 Liquefaction

Pr1 bar 16 30 Liquefaction

Table 10 
Optimization constraints.

Category Remark

CO2 temperature ≥ -55.0 ℃ T1, T2
WtW GHG intensity ≤ 62.90 gCO2eq/MJ ​
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base case without selectivity enhancements, the energy consumption for 
capture and liquefaction was 4.76 and 1.62 GJ/tCO2, respectively 
(Fig. 6a). With 100 % selectivity improvements, these values dropped to 
2.38 and 0.89 GJ/tCO2, approximately 50 % reduction in both cases. This 
reduction in energy consumption directly contributes to a decrease in 
the OPEX (Fig. 6b). As selectivity improves, the reduction in energy 
consumption leads to lower fuel consumption, subsequently reducing 
the OPEX. Since a reduction in the capture energy is expected, it is 
necessary to analyze the decrease in the liquefaction energy. The pres
ence of impurities, such as oxygen and nitrogen, lowers the dew point of 
the mixture, requiring lower temperatures for liquefaction and 
increasing the overall energy demand. However, as membrane separa
tion performance improves, the liquefaction inlet CO2 purity (yCO2 ) rises, 
reducing the amount of gas recycled back to the membrane capture 
process from the first separator during liquefaction (Mrec). This leads to a 
lower liquefaction inlet mass flow (Mliq,in) (Fig. 7). As a result, the 
overall energy required for liquefaction decreases.

Fig. 8 provides a detailed breakdown of the CAPEX and OPEX for an 
individual membrane unit and CO2 liquefaction system as a function of 

membrane performance. The enhanced membrane performance reduces 
the CAPEX (Fig. 6b). As shown in Fig. 8a, the membrane unit consis
tently accounts for over 79 % of the total CAPEX, regardless of mem
brane performance. At baseline membrane performance, the CAPEX was 
approximately $65.54/tCO2 but decreased to approximately $30.14/tCO2 
with a 100 % improvement in membrane performance, representing a 
cost reduction of over 50 %. This reduction stems primarily from the 
decreased membrane area requirement due to the increased CO2 per
meance (Table B. 3). In contrast, the CAPEX for the liquefaction system 
experienced a smaller reduction of approximately 26 %, declining from 
$10.96/tCO2 to $8.12/tCO2 with a 100 % improvement in membrane 
performance. This limited decrease is due to the minimal change in the 
volumetric flow of the captured gas entering the liquefaction system, 
despite the increase in CO2 purity (Fig. 7).

It is worth noting that, as the membrane performance improves, the 
impact on the CO2 avoidance cost and SEC reduction gradually di
minishes (Fig. 6 and Fig. 8). Initially, enhancements in CO2 /N2 and 
CO2/O2 selectivities led to considerable reductions in cost and SEC. 
However, with further improvements, the rate of reduction slowed 

Fig. 5. Effects of improvement in CO2/N2 and CO2/O2 selectivity, satisfying the GHG intensity limit of 62.90 gCO2eq/MJ: (a) Specific energy consumption; (b) CO2 
avoidance cost.

Fig. 6. Effects of both improvement in CO2/N2 and CO2/O2 selectivity, satisfying the GHG intensity limit of 62.90 gCO2eq/MJ: (a) Specific energy consumption for 
capture and liquefaction; (b) CAPEX and OPEX of the OCCS system.
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down. A similar trend was observed when only CO2/O2 selectivity was 
enhanced while keeping CO2/N2 selectivity constant, and vice versa 
(Fig. 5). These findings suggest inherent limitations to further reducing 
costs and SEC solely through improvements in membrane selectivity.

4.2. Case study with different target greenhouse gas intensity

To estimate the effect of target GHG intensity, four target GHG in
tensity levels were selected corresponding to reduction rates of 14.5 % 
(2035–2039 target), 31 % (2040–2044 target), 40 %, and 50 % from the 
reference value of 91.16 gCO2eq/MJ based on FuelEU Maritime regula
tions (Table 11).With the WtW GHG intensity constraint, optimization 
was performed to minimize the CO2 avoidance cost.

Fig. 9. Presents the results of a case studysatisfying the target GHG 

Fig. 7. Effects of both improvement in CO2/N2 and CO2/O2 selectivity, satisfying the GHG intensity limit of 62.90 gCO2eq/MJ: (a) Liquefaction inlet mass flow 
(Mliq,in) and recycle mass flow (Mrec); (b) Liquefaction inlet CO2 purity (yCO2

).

Fig. 8. Effects of both improvement in CO2/N2 and CO2/O2 selectivity, satisfying the GHG intensity limit of 62.90 gCO2eq/MJ: (a) CAPEX for capture and liquefaction 
process; (b) OPEX for capture and liquefaction process.

Table 11 
Target GHG intensity limit.

Reduction rate 
(%)

GHG intensity limit 
(gCO2eq/MJ)

Remark

Reference 91.16 FuelEU maritime reference
14.5 77.94 2035–2039 target in FuelEU 

maritime
31 62.90 2040–2044 target in FuelEU 

maritime
40 54.70 ​
50 45.58 ​
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intensity. Fig. 9a shows the results when only CO2/N2 selectivity is 
improved, whereas Fig. 9b illustrates the effects of improving both CO2/ 
N2 and CO2/O2 selectivities. These results provide information on the 
level of CO2/N2 and CO2/O2 selectivity that is appropriate for meeting 
target GHG intensity with a reasonable CO2 avoidance cost.

In line with advanced economics with net-zero emissions pledges by 
2050, CO2 prices will be $205/tCO2 in 2040 and $250/tCO2 in 2050 [49]. 
Under these carbon price scenarios, the level of selectivity improvement 
required to achieve the target GHG intensity varies. The results show 
that the current membrane without improvement can satisfy the GHG 
intensity target of 77.94 gCO2eq/MJ with a CO2 avoidance cost of 
$137.52/tCO2, which is lower than the assumed CO2 price of $205/tCO2, 
as shown in Fig. 9. However, to satisfy the GHG limit of 62.90 gCO2eq/ 
MJ, the avoidance cost of $205/tCO2 cannot be achieved by improving 
CO2/N2 selectivity only (Fig. 9). To achieve an avoidance cost of $250/ 
tCO2, a minimum improvement of 40 % in CO2/N2 selectivity is required 
to comply with the 62.90 gCO2eq/MJ target. These results indicate that 
improving CO2/N2 selectivity alone may be insufficient to meet the 
more stringent GHG intensity limits.

When the CO2/N2 and CO2/O2 selectivities are simultaneously 
improved, the requirements for economic feasibility and compliance 
with the GHG intensity limits were less stringent. Achieving the avoid
ance cost of $205/tCO2 with a GHG intensity target of 62.90 gCO2eq/MJ 
requires a 50 % improvement in both selectivities. A stricter GHG target 
of 54.70 gCO2eq/MJ can be satisfied with an 80 % improvement in CO2/ 
N2 and CO2/O2 selectivities. Achieving an avoidance cost of $250/tCO2 
requires less stringent selectivity improvement. To meet the target 
values of 62.90 and 54.70 gCO2eq/MJ, improvements of 20 and 40 % in 
CO2/N2 and CO2/O2 selectivities, respectively, are sufficient. Though, 
achieving the 45.58 gCO2eq/MJ limit requires CO2/N2 and CO2/O2 se
lectivities exceeding 24 and 8, respectively, which are still attainable for 
polymeric membranes. This suggests that membrane-based carbon 
capture systems can be competitive in marine applications if designed to 
account for higher O2 concentrations.

4.3. Sensitivity analysis

A parametric sensitivity analysis was conducted across a represen
tative range of selectivity (0.5–1.0) to assess its impact on SEC and CO2 
avoidance cost (Fig. 10) [50]. The potential variation in CO2/H2O 
selectivity due to membrane hydrophobicity or hydrophilicity was not 
considered.

As the selectivity increases, the SEC decreases from 3.57 GJ/tCO2 to 
3.25 GJ/tCO2. The selectivity has the most significant impact on the 
membrane area and the power consumption of the vacuum pump in the 

first membrane stage. At lower selectivity, more water permeates 
through the membrane, requiring a larger membrane area and higher 
vacuum pump energy consumption. However, the rate of improvement 
diminishes beyond a selectivity of 0.7. This is because most of the water 
is removed by the downstream separator installed after the first mem
brane stage. Regardless of the CO2/H2O selectivity, the mole fraction of 
H2O in the gas stream after the separator is consistently reduced to 
approximately 0.05, indicating that further improvements in selectivity 
yield limited additional benefit in terms of energy consumption. Simi
larly, the total CO2 avoidance cost decreases from $168.66/tCO2 at a 
selectivity of 0.5 to $154.01/tCO2 at a selectivity of 1.0. This reduction is 
mainly due to lower OPEX; decreased energy consumption reduces fuel 
usage, while the CAPEX remains relatively constant across the range. 
These results indicate that enhancing membrane selectivity toward CO2 
over H2O can improve process efficiency and reduce operational costs; 
however, the marginal benefit becomes less significant at higher selec
tivity values due to downstream water removal.

Fuel consumption has the most significant impact on operating 
OPEX; consequently, fluctuations in fuel prices substantially affect the 
capture cost. Fuel prices are influenced by a variety of external factors, 

Fig. 9. Effects of improving selectivity on GHG intensity and CO2 avoidance cost: (a) improving CO2/N2 selectivity; (b) improving both CO2/N2 and CO2/O2 
selectivity.

Fig. 10. Variations of CO2 avoidance cost and specific energy consumption 
with CO2/H2O selectivity.
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including geopolitical conditions, exchange rates, global oil prices, and 
global wars.

To assess the impact of fuel price variation on the capture cost, a 
sensitivity analysis was conducted. The analysis was based on the fuel 
price assumption of $774/t as presented in Section 3.5, and the price 
varied from − 25 % to + 25 %. Four cases were considered: the base case 
(without selectivity improvement), 100 % improvement in CO2/N2 
selectivity, 100 % improvement in CO2/O2 selectivity, and 100 % 
improvement in both CO2/N2 and CO2/O2 selectivity. All other param
eters remained constant, and the analysis was conducted under the 
target GHG intensity of 62.90 gCO2eq/MJ, as shown in Fig. 11.

In all cases, the CO2 avoidance cost varied by approximately − 18 % 
to + 18 % in response to fuel price fluctuations. For the base case, the 
avoidance cost ranged from $251.9/tCO2 to $365.8/tCO2. If the MGO 
price is relatively low, a reasonable avoidance cost can be achieved even 
in the base case. However, at higher fuel prices, the base case becomes 
economically unattractive. Conversely, in the final case of a 100 % 
improvement in both selectivities, the avoidance cost remains relatively 
low, even at the highest fuel price of $967.5/t, yielding a cost of $184.0/ 
tCO2. This is still below the CO2 price of $205/t and $250/t assumed in 
Section 4.2, indicating economic feasibility.

Since fuel consumption is a dominant factor in the overall CO2 
avoidance cost, optimizing energy consumption is crucial. Enhancing 
the membrane process to reduce energy demand or developing high- 
performance membrane materials, such as CO2/O2-selective mem
branes, can make the system more energy-efficient. Such improvements 
can ensure the feasibility of onboard carbon capture and storage systems 
even under volatile fuel price conditions.

Increasing the pressure ratio enhances the driving force across the 
membrane, which leads to improved CO2 recovery. However, this also 
causes stress on the membrane material, potentially reducing its dura
bility. Given the importance of membrane durability, a sensitivity 
analysis was conducted to evaluate the impact of membrane lifespan on 
the CO2 avoidance cost, while keeping all other parameters constant.

Using an interest rate of 4 % and applying the annual capital charge 
ratio as referenced in the cost estimation section 3.5, the sensitivity 
analysis varied the membrane lifespan from 2.5 to 7.5 years (±50 % of 
the assumption). The resulting variation in CO2 avoidance cost ranged 
from − 2.5 % to + 7.4 % across all cases, as shown in Fig. 12. Specifically, 
the avoidance cost changed from $332.2/t to $301.1/t, $230.9/t to 
$216.3/t, $245.2/t to $228.1/t, and $164.2/t to $152.4/t for the four 
scenarios. These results indicate that a shortened membrane replace
ment interval can increase the CO2 avoidance cost by up to 7.4 %, 
highlighting the significance of carefully selecting the operating 
pressure.

5. Conclusions

This study shows that improving CO2/N2 and CO2/O2 selectivities is 
inevitable for membrane-based CO2 capture on ships. A three-stage 
membrane system integrating a precooled Linde–Hampson liquefac
tion process was optimized to minimize CO2 avoidance costs while 
complying with FuelEU Maritime regulations. Two case studies were 
conducted to assess the impact of improving CO2/N2 and CO2/O2 se
lectivities. The first case targeted a fixed GHG intensity of 62.90 gCO2eq/ 
MJ to meet the 2040–2044 goal, while the second targeted varying GHG 
intensities. In the first case, a 100 % improvement in CO2/N2 selectivity 
alone reduces the SEC by 25.7 % (from 6.38 to 4.74 GJ/tCO2) and the 
CO2 avoidance cost by 28.8 % (from $308.9 to $219.9/tCO2). However, 
improving both the CO2/N2 and CO2/O2 selectivities results in a more 
significant reduction—in SEC by 48.7 % (down to 3.27 GJ/tCO2) and in 
cost by 49.7 % (down to $155.3/tCO2), highlighting the crucial role of 
CO2/O2 selectivity. In the second case, under a CO2 price of $250/tCO2, 
the baseline selectivity (without improvement) meets the 77.94 gCO2eq/ 
MJ GHG target, but achieving stricter targets requires substantial 
selectivity improvements. Reaching 62.90 gCO2eq/MJ necessitates at 

Fig. 11. Variations of CO2 avoidance cost, OPEX and CAPEX with fuel price: (a) 
base case (without selectivity improvement); (b) 100% improvement in CO2/N2 
selectivity; (c) 100% improvement in CO2/O2 selectivity; (d) 100% improve
ment in both CO2/N2 and CO2/O2 selectivity.
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least a 40 % increase in CO2/N2 selectivity or a 20 % improvement in 
both CO2/N2 and CO2/O2 selectivities, while the 54.70 gCO2eq/MJ target 
demands a 40 % enhancement in both. To reach the most stringent 
target of 45.58 gCO2eq/MJ, improvements of over 100 % in both the 
CO2/N2 and CO2/O2 selectivities are required. These findings confirm 
that CO2/N2 selectivity alone is insufficient to meet stringent GHG limits 
and CO2/O2 selectivity must also be enhanced concurrently. Moreover, 
achieving 100 % improvements in CO2/N2 and CO2/O2 selectivities of 
24 and 8, respectively, is realistically attainable through polymeric 
membrane material engineering. These suggest that membrane-based 
CO2 capture can be a viable and competitive solution for maritime 
applications.
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Appendix A. . Process selection of the onboard carbon capture 
and storage system

Both two-stage (Fig A. 1) and three-stage (Fig. 3) membrane capture 
processes were designed for the selected engine, and optimization was 
performed to minimize CO2 avoidance cost while satisfying the green
house gas intensity limit of 62.90 gCO2eq/MJ.

The CO2 purity of the stream entering the liquefaction process is 58 
mol% for the two-stage case and 63 mol% for the three-stage case, and  
the liquefied CO2 purity is 97 mol% in both cases. The presence of  
impurities such as oxygen and nitrogen lower the dew point, increasing 

Fig. 12. Variations of CO2 avoidance cost, OPEX and CAPEX with membrane 
life span: (a) base case (without selectivity improvement); (b) 100% improve
ment in CO2/N2 selectivity; (c) 100% improvement in CO2/O2 selectivity; (d) 
100% improvement in both CO2/N2 and CO2/O2 selectivity.
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energy demand for liquefaction. Recycle mass flow from liquefaction to the membrane process is higher in the two-stage case (986.54 kg/h) compared 
to the three-stage case (759.99 kg/h), which increases overall process mass flow and results in higher energy consumption in both capture and 
liquefaction units. The larger membrane area required for the two-stage process is primarily due to this increased recycle flow (Table A. 1).

As a result, the three-stage membrane process was selected because it achieves the required CO2 purity and greenhouse gas intensity limit with a 
simpler configuration and lower capital and operating costs under the given engine conditions.

Fig. A1. Process flow diagram of the 2-stage onboard membrane carbon capture and storage system.

Table A1 
Performance comparison of the 2-stage and 3-stage onboard membrane capture and storage system.

Category Unit 2-stage 3-stage

1st membrane area m2 6090.07 4259.52
2nd membrane area m2 1078.00 716.19
3rd membrane area m2 − 898.88
Total membrane cost $ 471,441 386,369
Total electric energy kW 897.38 855.68
Capture energy kW 655.01 638.52
Liquefaction energy kW 242.37 217.16
Fuel consumption for required electricity t/y 1110.77 1057.20
Annual Fuel cost $/y 859,735 818,274
CO2 avoidance cost $/tCO2 346.98 308.86
CAPEX $/tCO2 89.54 76.49
OPEX $/tCO2 257.44 232.37

Appendix B. . Membrane separation performance

.

Table B1 
Membrane separation performance at different improvement rates for CO2/N2 selectivity.

Improvement rate (%) CO2/N2 selectivity CO2 permeance (GPU)

0 12.0 1600
10 12.5 2400
20 13.5 2642
30 14.5 2800
40 15.6 2836

(continued on next page)
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Table B1 (continued )

Improvement rate (%) CO2/N2 selectivity CO2 permeance (GPU)

50 16.7 2891
60 17.9 2800
70 19.1 2642
80 20.3 2642
90 21.1 3000
100 22.2 3000

Table B2 
Membrane separation performance at different improvement rates for CO2/O2 selectivity.

Improvement rate (%) CO2/O2 selectivity CO2 permeance (GPU)

0 4.0 1600
10 4.3 2110
20 4.7 2110
30 5.1 1674
40 5.5 2100
50 5.9 2115
60 6.3 2600
70 6.7 1800
80 7.1 2400
90 7.5 1950
100 7.9 2475

Table B3 
Membrane separation performance at different improvement rates for CO2/N2 and CO2/O2 selectivities.

Improvement rate (%) Selectivity CO2 permeance (GPU)

CO2/N2 CO2/O2

0 12.0 4.0 1600
10 12.6 4.3 2300
20 13.7 4.7 2300
30 14.9 5.1 2300
40 16.3 5.5 2023
50 16.9 5.9 2636
60 18.0 6.3 2700
70 18.9 6.7 2871
80 20.2 7.1 2716
90 21.4 7.5 2657
100 22.2 7.8 3000

Appendix C. . Supplementary data for CO2/O2-selective membrane

.
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